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Multiscale characterization, modeling and
simulation of packed bed reactor for direct
conversion of syngas to dimethyl ethert

Ginu R. George, 2 Adam Yonge, ©° Meagan F. Crowley, ©° Anh T. To, @ ¢
Peter N. Ciesielski *® and Canan Karakaya & *?

This work presents a multiscale Computational Fluid Dynamics (CFD) analysis of direct DME synthesis in
a packed bed reactor with physically mixed Cu/ZnO/AlL,O3 and y-Al,O3z catalysts. The model accounts
for hierarchical transport behavior by coupling a one-dimensional intraparticle subgrid model to a two-
dimensional (axial and radial) model for heat and mass transport along the catalyst bed, with fully
integrated chemical reaction kinetics. To enhance the predictive accuracy, the model incorporates
directly measured critical bed properties. X-ray computed tomography was performed at the scale of the
packed bed reactor and the scale of individual catalyst particles to obtain bed properties such as bed
porosity, particle diameter and permeability, as well as catalyst characteristics including intraparticle
porosity and pore size. Experiments were conducted in a lab-scale reactor to validate the model, and the
model predictions show good agreement with experimental data for the investigated process conditions.
The validated model is further exercised to study the influence of process variables such as feed
temperature, feed rate, and wall temperature. The results indicate that the pattern of hot spot formation
and magnitude of hot spot temperature are sensitive to processing conditions, mainly the feed rate and
reactor wall temperature. It has also been found that internal mass transport limitations exist even in
smaller particles (~215 um), particularly in the hot spot region.

This study addresses the growing need for sustainable energy solutions by investigating direct dimethyl ether (DME) synthesis, a potential low-carbon energy

carrier. Using a multiscale computational approach, it explores the role of catalyst design and processing conditions in optimizing the efficiency of DME

production. The integration of advanced X-ray computed tomography provides detailed insights into reactor and catalyst properties, enabling enhanced

accuracy in model predictions. By reducing carbon emissions and improving the energy efficiency of chemical processes, this work contributes to the devel-

opment of scalable, sustainable alternatives to traditional fossil fuel-based energy systems.

1 Introduction

number (~55-60), is noncorrosive and biodegradable, and
emits minimal to zero soot, making it a promising alternative to

Dimethyl ether (DME) is a commodity chemical used as an
intermediate in the production of dimethyl sulfate, methyl
acetate, methyl formate, and dimethoxymethane.' In recent
years, there has been increasing interest in developing eco-
friendly synthetic fuels to accelerate decarbonization, particu-
larly in the transport sector.” Among them, dimethyl ether
(DME) has gained special attention, as it has a high cetane
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diesel fuel.®* DME can also be an intermediate to create long-
chain diesel or gasoline range hydrocarbons.**°

The synthesis of DME from syngas involves several
exothermic reaction steps, aided by multiple catalysts. Syngas (a
mixture of carbon monoxide, hydrogen) and variable amounts
of carbon dioxide is first converted to methanol (MeOH), which
is then dehydrated to produce DME (see Sec. 2.4)." Syngas to
MeOH typically involves Cu-based catalysts like Cu/ZnO/Al,O3
(CZA), with the ZnO and Al,O3 helping to control the size and
dispersion of the Cu particles, as well as providing beneficial
metal-support interactions.> MeOH is dehydrated to DME over
solid acid catalysts, such as y-Al,O;, H-ZSM-5, or H-ZSM-22.*
Various catalysts for the application of DME synthesis have
been discussed in literature.** At industrially relevant scales,
DME may be produced using either indirect or direct processing
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methods. The indirect process is commercially well-established,
while the direct process is considered as a novel method.™ In
the indirect process, DME production involves two sequential
steps — production of MeOH and subsequent dehydration to
DME. This method provides the advantage of selecting the
optimal reactor type and processing conditions for each step, as
well as enabling the intermediate purification of unreacted gas
and water."™'® Achieving high purity DME is crucial for fuel
applications.” On the other hand, the direct process, where the
entire procedure is conducted in a single reactor, offers process
intensification and potentially higher syngas conversion.** This
advantage arises from the increase in equilibrium conversion by
the continuous removal of MeOH from the reaction medium,
thereby shifting the equilibrium towards the DME produc-
tion.”'® Moreover, in terms of design and implementation,
moving from two reactors to one can also lower the capital cost
of the process and enable more facile commissioning.'® The
latest developments on the direct synthesis of DME were
recently reviewed by Peinado et al. (2023)."* They discussed
improvements in reactor designs, the effect of heat and mass
transport phenomena, and the techno-economic evaluation on
the feasibility of different renewable DME production process.
The authors also noted that a major challenge in the reactor
design for direct DME synthesis is related to efficient heat
transfer.

As is common for exothermic reactions, DME synthesis also
requires precise bed temperature control due to the high reac-
tion exotherm, which can be challenging to achieve in practice.
Furthermore, integrating MeOH generation and dehydration
into a single reactor, i.e., direct DME synthesis, can substan-
tially increase the overall reaction enthalpy.* Therefore, it is
crucial to regulate the bed temperature within the required
envelope. Relatively low reaction temperatures are thermody-
namically favourable for achieving high CO conversions, but the
process becomes kinetically limited for temperatures ~ <250 °©
C. The current state-of-the-art catalysts operate around 240-
260 °C to achieve optimum DME yield. However, as the reaction
proceeds, the exothermic heat generation causes a sudden rise
in bed temperature near the reactor inlet. This temperature may
even exceed 300 °C, leading to hot spot formation.” If not
properly regulated, the temperature could rise uncontrollably
and potentially lead to thermal runaway.?® Another undesirable
effect of hot spot formation is the loss of catalytic activity.
Copper containing catalysts are prone to coke formation as well
as irreversible loss of catalytic activity due to sintering, oxida-
tion, and migration of copper into acidic surfaces.”* Besides the
thermal management, intraparticle transport limitations pose
another challenge in reactor design.'* Previous studies have
highlighted the significant influence of intraparticle diffusion
limitation on the reactor performance, as it affects the overall
product yield, which in turn influences the amount of heat
released and the hot spot temperature.'*** The evolution of hot
spots in packed bed reactors during exothermic reactions and
the associated transport limitations are complex and sensitive
to process variables such as inlet temperature, concentration,
and wall temperature.” Experimental studies in the literature
have reported the dynamic nature of the hot zone evolution and
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indicated that these hot spots can be larger than the size of
typical catalytic pellets used in commercial reactors.” It should
be noted that conducting experiments of this kind are chal-
lenging, time-consuming and expensive. Therefore, reliable
modeling tools that provide detailed insights into reactor
behavior are necessary for analyzing and optimizing the reactor
performance.

In practice, accurate modeling of the transport processes
and reactions occurring in a packed bed reactor is challenging
due to the varying scales involved, from macroscale along the
interstitial spaces to microscale in the internal pores of the
catalyst particles. To address complexities, multiscale methods
are typically used. Previously, our team developed a multiscale
modeling framework for hierarchical transport in a packed bed
with SBA16 porous silica catalyst particles, wherein transport
models at several length scales were integrated to investigate
the impact of intraparticle transport phenomena on product
yields and catalyst activity lifetime.>* Additionally, a multiscale
modeling framework has been presented to scale-up packed
bed reactors from lab-scale to pilot-scale operations for gas-
phase dehydration of tetrahydrofurfuryl alcohol to dihy-
dropyran over commercial Al,O3 catalysts.” Similar multiscale
simulations of packed bed reactors can be found in literature.
Park (2018)* has presented a multiscale modeling of packed
bed reactors, in which the macroscale concentration and
temperature fields are calculated from a hypothetical
continuum model composed of particles and fluid. The
macroscale differential elements are assumed to contain several
catalyst pellets, each of which is a microscale continuum. The
boundary conditions, heat and mass transfer, as well as
chemical reactions are coupled across the two scales. The
author investigated the synthesis of propene oxide by oxidizing
propene with hydrogen oxide using titanium silicalite-1 cata-
lysts. Sujeesh et al. (2022)*” have adopted multiscale analysis
using COMSOL Multiphysics to investigate the decomposition
of sulphuric acid in a packed bed reactor with Cr-Fe,O; cata-
lysts. They investigated the pore diffusion and film resistances
at various locations in the reactor and reported that intra-
particle diffusion limitation is predominant compared with film
resistance. Pelaez et al. (2018)*® have presented a multiscale
study on the direct synthesis of DME in a packed bed reactor
composed of mechanical mixtures of Cu/ZnO/Al,O; and v-Al,O3
catalysts. They also used COMSOL Multiphysics, and investi-
gated intraparticle heat and mass transfer limitations, as well as
conducted parametric studies on feed rate, feed temperature,
pressure, wall temperature, catalyst ratio, and tube diameter.
Based on the insights gained, an optimized reactor design that
provides 80% CO conversion was proposed.

It is important to note that the accuracy of continuum-based
modeling methods strongly relies on the reliability of the
correlations used, which in turn are dependent on the defined
bed properties (e.g. bed porosity, particle diameter, pellet
porosity, pore diameter, etc.). For instance, the Ergun equa-
tion,* which is commonly used to define the pressure loss in
a packed bed, is related to bed porosity and particle diameter
with a power of 3 and 2, respectively. The microscopic proper-
ties such as pellet porosity and pore diameter are important to
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define the intraparticle diffusion and effective pellet thermal
conductivity, see eqn (6) and (19). Hence, robust methods for
characterizing the bed structural properties are important to
ensure the accuracy of the models. X-ray computed tomography
(XCT) and Transmission Electron Microscopy (TEM) have
already been used to address a broad range of scientific prob-
lems, from battery interfaces and corrosion to biomass under-
going pyrolysis.***> XCT and TEM are also beneficial to
characterize the structural properties of a packed bed mainly
due to its non-invasive nature (these methods do not alter the
sample being characterized). Micro-CT can be used to scan
experimental packed bed reactors, while nano-CT can scan the
individual catalyst particles that make up the packed bed.**?*
Although several model-based reactor optimization studies can
be found in the literature (reactor configurations,* inlet feed
composition,*®*** catalyst mixing ratio,* effect of reactor
temperature, and pressure*>*), studies that have included
proper material characterisation, thorough analysis of the
evolution of hot spots and the associated transport limitations
in direct synthesis of DME are scarce.

This study employs a multiscale Computational Fluid
Dynamics (CFD) based modeling approach to analyse the direct
synthesis of DME from syngas in a packed bed reactor, with
physically mixed CZA and Al,O; catalysts. The model is capable
to account for the transport processes and chemical reactions
occurring at the reactor and pellet scales, i.e., from macroscale
to microscale. The macroscale representing the catalyst bed
(interstitial region) is resolved for two-dimensions (axially and
radially), while the interior of catalyst particles is examined in
one-dimension (radially). The internal transport phenomena,
including species diffusion, reactions, and heat conduction
within the particles are investigated using an advanced feature
called Reactive Pellet Bed, integrated into COMSOL Multi-
physics.*”*® Although heat and mass transfer limitations during
DME synthesis are generally well-studied,****° the properties of
catalyst bed are often approximated. These properties play
a crucial role in heat and mass transfer analyses, as well as
chemical kinetics. In this study, we utilize direct measurements
of catalyst and bed properties, along with 3D imaging, to
examine process dynamics and gain a deeper understanding of
heat and mass transfer in the catalytic process. The critical bed
properties at both the packed bed and individual catalyst scales
(particle size, bed and particle porosities, and pore diameters)
are measured using XCT and TEM. To compute the effective bed
permeability, hydrodynamic simulations are conducted using
a system geometry directly measured from the experimental
packed bed by XCT using an in-house developed open-source
code Mesoflow.”* To validate simulations, experiments were
conducted in a lab-scale reactor for direct DME synthesis under
isothermal conditions, and for a limited range of pressure and
flow rates. The validated reactor model is used to explore the
influence of process variables, such as feed temperature, pres-
sure, wall temperature, and feed rates, with a particular focus
on non-isothermal operating conditions and the occurrence of
hot spots. Furthermore, temperature and concentration drop
within the particles are analysed to evaluate the intraparticle
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transfer limitations. The applicability of the proposed model for
reactor scale-up is also demonstrated.

2 Methods

2.1 3-D characterization of the reactor packing structure

2.1.1 Micro X-ray computed tomography. X-ray computed
tomography (XCT) reconstructions of bench scale packed bed
reactors containing CZA and Al,O; particles were obtained
using a Xradia 520 Versa X-ray microscope (Zeiss, Oberkochen,
Germany). Two packed-bed reactors were imaged: one with CZA
and Al,O; mixed with a 50/50 ratio throughout the packing of
the bed, and the other with CZA and Al,O; packed in separate
layers. The U-tube reactor was secured to a sample mount and
a 4 mm diameter by 4 mm height cylindrical region of the
reactor was imaged by rotating the sample 360° and capturing
X-ray images at 0.23° increments. Slightly different image
acquisition parameters were utilized for the mixed bed and
individual Al,O; and CZA layers to optimize data quality. X-ray
images of the mixed bed reactor were collected using
a voltage of 85 kv, 7 W power, and 82.2 pA current with an
exposure time of 10 seconds per image. The 4x objective was
used with the reactor positioned 103 mm away from the source
and 72 mm away from the detector to achieve a resolution of 4
microns. The reactor with separate CZA and Al,O; layers,
a voltage of 80 kv, power of 7 W, and current of 87.5 pA with 10
seconds of exposure time per image was used. A resolution of 3
microns was achieved using the 4 x objective with the particle
positioned 79 mm away from the source and 69 mm away from
the detector. The X-ray images were reconstructed into 3D
geometries using Zeiss' proprietary reconstruction software
with a beam hardening correction value of 0.05 to correct for
ring artifacts caused by the particles’ high densities. Rectan-
gular sub-volumes of size 3 by 2 by 3 mm by 1 by 1 mm and 2 by
2 by 1 mm for the mixed bed, Al,O; layer, and CZA layer,
respectively, were cropped out of the full 3D particle datasets
using Dragonfly>* for quantitative microstructural analysis in
MATBOX.> The sizes of each sub-volume corresponded to the
largest rectangular volume from the original 3D reconstruction.
The void fraction and directional tortuosity were calculated for
each sub-volume, as described in the work by Crowley et al.*>
The mixed bed and individual layer geometries were used in
transport simulations using an immersed-boundary Cartesian
grid CFD solver, Mesoflow, [https://github.com/NREL/
mesoflow]”* to calculate bed permeabilities in the axial
direction, the direction along which inlet gas would be
flowed, again outlined in the work by Crowley et al.*®

2.1.2 Nano X-ray computed tomography. Pores below the
resolution limit of micro-X-ray computed tomography (micro-
XCT) were captured using nano-XCT. The Al,O; and CZA
samples were prepared for imaging by milling 80-100 micron
diameter, 100 micron length cylindrical pillars from the full
particles using a 532 nm laser [Oxford Lasers, Oxfordshire, UK].
Nano-XCT images were obtained using a Xradia 810 Ultra
NanoCT [Zeiss, Oberkochen, Germany|. X-ray images were
collected with a voltage of 35 kV, 25 mA current, and 0.11°
angular step size. The Al,O; sample was imaged with 64 nm

© 2025 The Author(s). Published by the Royal Society of Chemistry
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resolution and an exposure time of 15 s, while the CZA sample
was imaged with 128 nm resolution and an exposure time of
30 s. Scan settings were optimized for data quality and differed
due to differences in material density. X-ray images were
reconstructed into 3D volumes using proprietary software
developed by Zeiss. Rectangular sub-volumes of size 35 by 26 by
46 pm and 26 by 20 by 20 um for Al,O; and CZA, respectively,
were cropped from full reconstructed geometries using Drag-
onfly for quantitative structural analysis in MATBOX.>>** The
sizes of each sub-volume corresponded to the largest rectan-
gular volume from the original 3D reconstruction. The void
fraction, pore size, and directional tortuosity were calculated for
each sub-volume, as described in the previous section.*®
Transport was assumed to be diffusion-limited in the nanoCT
scale pores and the permeability simulations were not per-
formed on the geometries from nanoCT.

2.1.3 Transmission electron microscopy. Transmission
electron microscopy (TEM) images were obtained to determine
the pore volume and pore size distribution of CZA and Al,O;
catalyst samples below the resolution limit of nano-XCT.
Carbon 400 copper TEM grids [SPI supplies, West Chester, PA]
with powdered samples were prepared by discharging the grid
for 20 s at 10 mA in a carbon 208 glow discharger [Cressington
Scientific Instruments, Watford, UK] and dipping the TEM grid
in the powdered sample. Zoom series from 5000 to 19x
magnification were performed using an T20 twin lab six G2 200
kv TEM [FEI, Hillsboro, Oregon] and a K3 IS camera [Gatan, Inc,
Pleasanton, CA] in multiple regions of each sample grid. Images
were collected with a 2x binning and linear collection method.
Pore size and pore volumes were calculated on segmented
binary images using Image]J software.*

2.2 Experimental reactor setup

The experimental data used in this work are part of dataset from
multiple experimental campaigns focusing on synthesis of
higher hydrocarbons from syngas/CO,. Detailed information on
the corresponding reactor setup has been presented else-
where.**® Cu/ZnO/Al,0O; (CZA, MegaMax 800, Clariant),
a commercial MeOH synthesis catalyst, and y-Al,O3; (NorPro
SA6173, Saint-Gobain) for MeOH dehydration were used. These
catalysts were compressed, crushed, and sieved to 212-300 pm
(50-70 mesh) size for reaction testing. 3.06 g CZA and 0.51 g
Al,O; were physically mixed, then diluted with 1.49 g low
surface area silicon carbide (SiC) to minimize channeling,
temperature gradients and to improve axial dispersion in the
catalytic bed. The catalyst mixture was loaded into a 7.9 mm ID
stainless-steel tubular reactor placed within a 3-zone furnace
operating in downflow configuration with a four-point ther-
mocouple to monitor reaction temperature (typical variation in
temperature of +0.25 °C). The catalyst bed was positioned
within the isothermal zone in the reactor using quartz chips
and quartz wool. Mass flow controllers (Brooks Instrument)
were used to control gas flow rates to the reactor and were
calibrated for the specific gas streams prior to use.

Prior to the reaction, the catalyst bed was pre-treated with
H,. Details of the pre-treatment procedure can be found

© 2025 The Author(s). Published by the Royal Society of Chemistry

View Article Online

RSC Sustainability

elsewhere.’ Then, the syngas mixture containing H,, CO, CO,
and Ar was fed to the reactor with desired feed composition, H,/
CO ratio, and pressure (2.54 < p =< 7.37 bar). Reactor inlet and
outlet gases were sampled through heated (170 - 200 °C) lines
using Agilent 7890 gas chromatograph (GC) system. The GC was
equipped with flame ionization detector (FID) to analyse
hydrocarbons and oxygenates (MeOH, DME), and thermal
conductivity detector (TCDs) to quantify the inert and perma-
nent gases. GC responses for reactants and products were
calibrated using traceable gravimetric gas standards.

2.3 Modeling packed bed reactor

The transport mechanisms and reactions occurring in a packed
bed reactor are of different orders of magnitude - macroscale in
interstitial spaces between the catalyst particles and micro-scale
within internal pores of the pellets. This multi-scale problem
was solved using COMSOL Multiphysics® with Reactive Pellet
Bed feature. A detailed description on the modeling approach
can be found elsewhere.?®**> Herein, the governing equations
under steady state are briefly presented.

2.3.1 Macroscale - interstitial spaces. The catalytic bed was
considered as an isotropic porous medium, and the flow field is
assumed to be Darcian flow, as the particle Reynolds number,
Re, = pudp,e/u < 10. Here, dp, is particle diameter; p, u and u are
fluid density, superficial velocity, and dynamic viscosity,
respectively. Accordingly, the conservation equations of mass
and momentum are given by:

V- (pu) = 0 (1)
p(u-Vyu=V-[—pl +K] + F (2)

where: K is the viscous stress tensor; I is the identity tensor; F
represents the external volume forces such as gravity. According
to Darcy's law, the pressure gradient Vp and Darcy velocity u are
related as:

K
u=——-Vp 3
m (3)

Here, « is the permeability of the porous medium and u is fluid
dynamic viscosity. In this study, « is determined by Mesoflow
simulations conducted on the corresponding packed bed
structure, see Sec. 2.1. When fluid enters a porous medium, the
magnitude of the fluid velocity increases in the interstitial
spaces in response to pressure gradients. The resulting velocity
is usually called as true or average linear velocity v, and it is
related to Darcy velocity as v = u/ep,.

Coupled with mass continuity equation, the species trans-
port equation is given by:

V-j,-+ll'Vc,-:R,- (4)

where: ¢; is the concentration of gaseous species i and R;
denotes the rate of production or consumption of species. The
species mass flux j; is defined based on effective diffusion
coefficient D, ; as:

j,‘ = —De,,‘Vc,» (5)

RSC Sustainability, 2025, 3, 856-874 | 859
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The effective diffusion coefficient D.; is calculated by
accounting the bed porosity and the diffusion coefficients for
the species diluted in the fluid Dg; through Millington and
Quirk model®® as per eqn (6), where Maxwell Stefan diffusivity
model®® was used to determine Dg .

De,i = DFJ€4/3b (6)

The energy transport was modeled using local thermal non-
equilibrium approach, which considers the difference in
temperature between fluid and solid phases. Accordingly, two
temperature fields, T for solid phase and Tt for fluid phase,
were explicitly solved as per eqn (7) and (8).

V'qs = Sbhpe,f(Tf - Ts) + (1 - é‘b)(zs; qs = _(1 - Eb)kSVTS (7)

pCoft- VTt + Voqr = Sphpe {Ts — Tp) + e0r;  qr = —euktVTr (8)
where: ks and k¢ are solid and fluid thermal conductivities; Cp, ¢is
the fluid heat capacity at constant pressure; Qs and Qr are the
solid and fluid heat sources; S}, is the specific surface area; Ap ¢
is the interstitial heat transfer coefficient given by eqn (9),
where ke o is the effective pellet conductivity calculated from
eqn (19).

1 dpe dpe
= . 9
hpe'f kaLl 1 Okpe’eff ( )

The Nusselt number (Nu) for the spherical particle in a fully
developed laminar regime is given by:

Nu = 2.0 + L.IPr'’Re"®,, (10)
where Pr is the Prandtl number.

2.3.2 Microscale - pellet interior. The transport and reac-
tions inside the pellets were simulated with the Reactive Pellet
Bed feature in COMSOL Multiphysics.*” This advanced utility
serves to evaluate gradients in the radial dimension represent-
ing pellet interior.

The equations inside the spherical pellet are solved as
spherical transport equations on nondimensional radial coor-
dinate defined as r = rqim/Ipe. Here rqim is the radial dimension
inside the particle with radius ;.. Hence, r = 0 denotes particle
center, while r = 1 represents particle surface. Accordingly, the
species transport within each pellet is given by:

1 4 ) Cpe,i
o (<D ) = R 11
P2roe? or ( P Epei=g pe, (11)
1 0Cpe i
D eiﬂ = Niinwar 12
rpe-i( b ar )V:l mard ( )

Here: cp.,; is the concentration of species i inside the pellet;
Rpe,; is the production or consumption of species; Dp.; is the
effective pellet diffusion coefficient. Njinwara represents the
molar flux from the free fluid into a pellet. According to film
resistance formulation, it can be defined as:
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Ni,inward = kc,i(ci - Cpe,i)

With this film resistance formulation, the species transport
in the interstitial space eqn (4) is modified as:

V'ji +u-Ve;=R; — Ni,inwardSb (14)

The mass transfer coefficient . ; in eqn (13) is defined based
on Sherwood number (Sh) as:

Sh Dy ;

- (15)

hpi =

where Sh number is expressed through a correlation between
Reynolds number (Re) and Schmidt number (Sc),

Sh = 2 + 0.552 Re'/?Sc!/?

Re— P g ! £
P

) = 7v:

19 Dpe‘[

(16)

The main diffusion mechanism inside the pellet is Knudsen
diffusion. Hence, the effective diffusion coefficient in the pellet
domain Dy ;, is calculated using the Knudsen diffusion D, and
the effect of pellet porosity following the Millington-Quirk
model*® as:

dyore  [SRT

4
Dpe.i = Di,k X Spe37 Di.k = 3 ’TCMI-.

(17)
where dpor. is the mean pore diameter of the pellets, R is the gas
constant and T is the temperature.

Heat transport within the pellet was modeled based on
thermal equilibrium approach, i.e., temperature of fluid within
the micro-pores and solid temperature are assumed to be same.
Accordingly, a single energy equation was solved using effective
pellet conductivity ke cfr as:

L o L, 0T,
rzrpez or ( —r kpe‘eff a—:) = Qpe (18)
kpe,eff = Spekf +(1 - Spe)kpe (]_9)

kpe,esr Was determined by volume averaging of fluid conductivity
(k) and pellet conductivity (kye). Qpe is the heat source of reac-
tions inside the pellet.

2.3.3 Simulation setup. The setup for CFD simulation was
realized in accordance with the experimental reactor (see Sec.
2.2). To reduce computational costs, a 2-D axisymmetric solu-
tion domain was considered. The entire domain was treated as
an isotropic porous medium, representing the packed bed
structure composed of multiple pellets - CZA, Al,O; and SiO,.
Fig. 1 illustrates the simulation setup, boundary conditions and
meshing details. The domain was meshed using COMSOL
Multiphysics 6.2, where triangular mesh was adopted in the
bulk region and boundary layer mesh at the near-wall region.
The total mesh count was about 21760, identified as mesh
independent, and the average mesh quality in terms of skew-
ness was 0.85. At the inlet, constant mass flow and flat-profile

temperature boundary conditions were used. No-slip

© 2025 The Author(s). Published by the Royal Society of Chemistry
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Fig. 1 2D axisymmetric simulation domain, boundary conditions, and meshing details.

boundary condition was assigned at the reactor wall. Axial-
symmetry boundary condition was assigned at the symmetry
edge. The outlet pressure boundary condition was set at the
outlet.

The simulation inputs of bed and catalyst properties, such as
mean bed voidage (ep,), equivalent pellet diameter (d.), pellet
porosity (epe), pore diameter (dpore), Were obtained from CT
analysis (see Secs. 2.1 and 3.1). The properties of gaseous
species were computed based on the thermodynamic database
provided by COMSOL Multiphysics 6.2, in which Soave-Red-
lich-Kwong model® was used to determine equation of states.
The thermal conductivity was estimated by kinetic theory,
diffusivity by Wilke-Lee correlation, and viscosity by Brokaw
mixture rule.*”

The conservation equations presented in Sec. 2.3 were solved
by the Finite Element method (FEM) using COMSOL Multi-
physics 6.2. Steady-state simulations were carried out using
PARDISO solver for linear systems, with the fully-coupled
approach, see® for solver details. The convergence was moni-
tored by relative tolerance as well as solution parameters such
as pressure, temperature, and species mole fractions at varied
locations in the simulation domain.

2.4 Reaction kinetics of DME synthesis

The direct conversion of syngas to DME follows a two-step
process in a mixed bed reactor configuration. Fig. 2 shows
a schematic representation of the process. The reaction starts
with the methanol formation over CZA catalyst and follows
dehydration step over Al,O; catalyst, eqn (20)-(23).

The kinetic model for the DME formation, eqn (24)-(27), was
taken from the literature.®*-** These kinetic expressions are of
Langmuir-Hinshelwood-Hougan-Wattson type, which are
formulated based on fugacity of reactants and products (f;), and
equilibrium constants (Ki, K,, K3, K,). The initial rate expres-
sions and rate constants for direct methanol formation of CO
and CO, was taken from Portha et al.;** originally presented by
Graaf et al.,** and water—gas shift reaction was adopted from
Choi and Stenger.®”> DME kinetics was taken from Mollavali

© 2025 The Author(s). Published by the Royal Society of Chemistry

et al.® The rate constants were then fine-tuned adjusted to fit
the experimental data.

CO +2H, > CH;OH AH, = -90.45kImol”  (20)

CO +H,0—>CO, + H, AH,, = —4lkImol'  (21)
CO, + 3H, > CH;0H + H,O  AH,5 = —49.25 kI mol™ (22)

2CH;0H— CH;OCH; + H,0  AH,y, = —23.80 kJ mol™ (23)

- JfeHson
Joofi,? — =2
: S, 2K,

ry = k]bc() b (24)
(1 + beofco + beofeo,) |:fl—lzl/2 + b:i(/)JHZO:|
ry =k, (fCOsz - fCOT{}b) (25)

CZA Alumina h
OO =05 2CH,0H<CH,0CH,+H,0
CO+2H,«>CH,0H

CO,+3H,<>CH,0H+H,0 J

Products
McOH, DME

Fig. 2 Schematic representation of syngas to DME over a physically
mixed catalytic bed system. CZA for the hydrogenation of CO and CO,
to MeOH, AlLOs for MeOH dehydration to DME, SiC is diluent to
minimize channeling, temperature gradients and to improve axial
dispersion in the catalytic bed.

RSC Sustainability, 2025, 3, 856-874 | 861


http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/d4su00602j

Open Access Article. Published on 02 Januari 2025. Downloaded on 01/08/2025 21:01:25.

Thisarticleislicensed under a Creative Commons Attribution-NonCommercial 3.0 Unported Licence.

(cc)

RSC Sustainability

Jensonfu,o

Jeofu,* — =
szz fH23/2K3

r3 = kst02

b
(1 + beofco + bcozfcoz) |:szl/2 + b Hzl?
H,

H20:|

(26)

kafpmefH,0
Z4DMETH0 e e
Koo e

1+ Kyeonfmeon +szo/KH20

T4 (2 7)

The reaction rate constant k; (j = 1-4) was written in the form
of temperature dependent Arrhenius expression and has the
unit of mol (geae )

kj = Ajexp (%) (28)
where: 4; is the pre-exponential factor; T is the reaction
temperature; E, ; is the activation energy (J mol ') and R is the
gas constant. Table 1 lists the final rate parameters used in
eqn (24)-(27).

Accordingly, the rate of conversion of species R; in eqn (4)
was formulated as:

N
Ri = Py Z (O(Urj> (29)
=1
where: N is the number of reactions; oy is the stoichiometry
coefficient of species i in reaction j; p;, is the bulk bed density.
The amount of heat released during the chemical reactions was
quantified in the energy source term Qg of eqn (7) as:

Table 1 Rate parameters

View Article Online

Paper

0. = py Y 1(-0H) (30)

where AH, is the enthalpy of reaction j.

3 Results and discussion
3.1 Direct calculation of bed properties from XCT and TEM

Experiments were performed on packed beds filled with
crushed CZA, Al,0;, and mixtures of both. Some transport-
relevant properties of these beds can be approximated with
commonly used relationships, like the Kozeny-Carman equa-
tions.®® However, these equations require assumptions about
the shape and distribution of the particles in the bed, which can
lead to inaccurate valuations. To reduce errors associated with
these approximations, explicit material properties are directly
determined using MicroCT, NanoCT, and TEM. These values
include, but are not limited to, the average porosities of bed and
particles (ep, &pe), tortuosity (z), diameter of the particles and
pores (dpe, dpore) and the permeability (). Output from the
analyses performed by MATBOX associated with the quantifi-
cation of these properties for the studied reactor beds is
provided in the ESL

The computed geometric properties and permeabilities for
the isolated CZA, Al,0;, and mixed packed bed reactors are
presented in Table 2. As an example, an image of the experi-
mental mixed bed reactor, the 3D structure generated using
MicroCT, and a slice of the reactor segmented using Al in
Dragonfly are presented in Fig. 3A-C. The porosity of the CZA,
Al,03, and mixed packed beds were found to be 0.45, 0.37, and
0.40, respectively. The packed beds composed of crushed CZA

Parameter Value Unit
Ay 1890 mol (gcq.. bar s) ™
Ean 120 000 Jmol™*
A, 7.7596 x 10° Zeat (Mol s)7*
Eap 47 400 J mol™*
A 109 mol (gcq.. bar s) ™
Eas 97 500 J mol™*
Ay 2 x 10° mol (g bar s) ™"
Eaa 48000 J mol™*
bco 46800 bar !
2.16 x 10 %exp| ——
P\ RT
bco 61700 bar™*
2 7.05 x 107 exp [ ——
P\ RT
84000 bar /*
buso 6.37 x 10~ %exp <7>
by,'? RT
—2
= (LT”—IZ.(JZl) bar
10
K (%4.029) B
10
K bar >
3 (LT""Llo,soz)
10
K, 1.16 x 107" — 5.01 x 10 °T° + 8.16 x 10 °T* + 6.24 x 10 2T + 19.52 —
Ko 4.37 x 10°T % — 1.39 x 1037 ' + 1.25 bar !
Kyeon 7.84 x 10°T 2 — 2.54 x 10°T ' + 2.05 x 10° bar !

862 | RSC Sustainability, 2025, 3, 856-874

© 2025 The Author(s). Published by the Royal Society of Chemistry


http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/d4su00602j

Open Access Article. Published on 02 Januari 2025. Downloaded on 01/08/2025 21:01:25.

Thisarticleislicensed under a Creative Commons Attribution-NonCommercial 3.0 Unported Licence.

(cc)

Paper

Table 2 Structure properties of the packed bed reactor estimated
using MicroCT scans, as well as catalyst properties found using
nanoCT and TEM, for the AlLbOs;, CZA, and mixed bed. Mesoflow
simulations were used to evaluate the permeability (k) of the packed
beds in the axial direction

Method Parameter CZA AlL,O; Mixed
MicroCT &[] 0.45 0.37 0.40
-] 1.91 2.01 2.02
dpe[nm] 2.26 x 10° 2.15 x 10° —
k[m?] 211 x 107" 146 x 107 2,10 x 107 *?
NanoCT  &pe[—] 0.29 0.38 —
Tpe[—] 3.70 3.36 —
dporelnm]  2.87 x 10’ 2.10 x 10° —
TEM epe[—] 0.147 0.055 —
dpore[nm]  2.07 x 10' 8.38 x 10°

pellets had the highest void fraction and the lowest tortuosity
(with a value of 1.91 in the axial direction, along which the
reactive gas would be flowed). Although similar, the Al,O; was
found to have a higher tortuosity of 2.01 along the same
direction. The approximate diameters of the CZA and Al,O;
particle, calculated using the EDMF algorithm in MATBOX,
were 2.26 x 10° and 2.15 x 10° nm.* The larger size of the CZA
particles results in less ideal packing, with more void space and
lower tortuosity as compared to the smaller Al,O; particles. The
structural properties of the mixed bed were also found to fall
between the two isolated materials. The values were closer to
those of Al,O3, which is due to the higher packing of the smaller
Al,O; particles. The permeability of the mixed bed in the main
flow direction is 2.10 x 10~'> m?, while the associated perme-
abilities of the CZA and Al,O; beds were 2.11 x 10~ ** m? and
1.46 x 10~ '*> m?, respectively. A visualization of the steady-state
velocity field from the mesoflow permeability simulation of the
mixed bed is also shown in Fig. 4.

A

G

Fig. 3
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Fig. 4 The velocity profile of gas through the mixed bed reactor.
Mesoflow simulations were used to determine permeability values.

Although microCT is a powerful tool, it does not have the
resolution to image the nanometer-scale pore structure inside
the CZA and Al,O; particles. For this reason, nanoCT is used to
image small sections of the CZA and Al,O; particles. The 3D
reconstructed nanoCT sub-volumes of each particle is pre-
sented in Fig. 5. Inside the particles, CZA has the lower porosity
and higher tortuosity compared to Al,O;. The pore diameter
between the two materials also varies by a factor of two, with the
CZA pores having an EDMF-fitted diameter of 2.87 x 10> nm
compared to 2.10 x 10°> nm Al,O; pores.

Further, the pore structure can not be entirely resolved
through the inclusion of nanoCT. To characterize features
below this detection limit, TEM was used, with example
micrographs of CZA and Al,O; shown in the ESL.{ Al,O; was
found to have a very uniform distribution of pores with an
average diameter of 8.38 x 10° nm. CZA was more heteroge-
neous in its porosity and had larger pore widths of 2.07 x
10" nm. Similar to the packed bed analysis with microCT, the

(A) Photograph of the experimental packed bed reactor with a mixture of Al,Oz and CZA; (B) microCT reconstruction of the packed bed

reactor interior; (C) slice of the XCT reconstruction segmented using an ML model.

© 2025 The Author(s). Published by the Royal Society of Chemistry
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Fig. 5 NanoCT reconstructions of the interiors of (A) CZA and (B)
Al,O3 particles.

TEM images reveal the Al,O; particle had a lower porosity of
0.06 at this scale, while CZA had a porosity of 0.15. Transport
through the pores at the nanoCT and TEM scale were assumed
to be diffusion-limited, thus permeability simulations were not
performed on the geometries from nanoCT. Having character-
ized the packing and particle porosity at several scales, the
calculated values are utilized in CFD simulations.

3.2 Model validation

The CFD model is validated based on experimental data, pre-
sented in Sec. 2.2, for different combinations of feed rate, feed
pressure (2.54, 4.27, 7.37 bar), and H,/CO ratio (0.95, 2.21). The
temperature of feed stream and bed was maintained at 220 °C
for all cases, satisfying isothermal condition. The bed proper-
ties were obtained from XCT and TEM analysis, see Sec. 3.1. It
should be noted that the experimental reactor bed consists of
3.06 g CZA, 0.51 g Al,03, and 1.49 g SiC, with the latter is used as
a diluent. The effective bed porosity of this mixed bed is esti-
mated using the volume fractions of the catalyst types and the
isolated porosity values obtained from XCT analysis. Thus, an
effective bed porosity of 0.42 is considered. For the purpose of
parameterizing the Extra Dimension subgrid model in COM-
SOL, the particle shape for all catalyst types is assumed to be
spherical and uniformly sized with effective intraparticle
transport parameters as determined from XCT and TEM
analyses.

For the ease of comparing simulation and experiment, the
conversion (%) and selectivity () of species are computed as
per eqn (31) and (32).°*%” The conversion of CO (%¢o) is given
by:

JCO.in - JCO,oul

Zco = :
JCOA,in

(31)

where: /oo in and Jco,oue are inlet and outlet CO molar flow rates,
respectively. The selectivity (.#) of a carbon containing species i
is defined as:

Ji.out

J Total C

c¢j = Cn (32)
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where: C,, is the number of carbon in species i (e.g., C,, = 1 for
CO and MeOH (CH,0), while C,, = 2 for DME (C,HO)). J; out is
the outlet molar rate of species i and Jyotal ¢ is the sum of molar
flow rates of all carbon containing species. By using eqn (31)
and (32), the carbon yield Y; of species i can be calculated as
YVi= i X Zco.

Fig. 6A-C shows the comparison of simulation and exper-
iment for different operating conditions. Overall, the model
predictions are in good agreement with experimental data.
The peak CO conversion is 26% and it is achieved for the high
feed pressure of 7.37 bar (Feed F3), where the model under-
predicts by about 15%. The average deviation in selectivity of
CO, and DME is about 6% and 3.5%, respectively. The
observed DME selectivity of 60-65% is in good agreement with
literature.”® The discrepancies between the simulation and
experiment might be due to differences in the actual particle
structure, which although using accurate estimates of intra-
particle transport properties, is assumed spherical in the
COMSOL subgrid model, while the experimental bed contains
crushed particles which exhibit variability in shape and size
(see Fig. 3B). Furthermore, differences in the used kinetic
model and its associated parameters could also contribute to
these deviations. It is worthwhile to emphasize that the
primary goal of this validation is to demonstrate the reliability
of the proposed multiscale model framework for simulating
the direct DME synthesis from syngas using multiple catalysts.
This model is primarily developed for studying pilot-scale
reactors where the pellets have relatively uniform shape and
size, compared with the lab-scale reactor used for experi-
ments. When considering also the inherent errors associated
with experiment and numerical methods, the observed devi-
ations are within an acceptable range. It should also be noted
that the proposed model is reliable in predicting the reactor
behavior with significantly lower computational costs and
efforts compared with other high-fidelity modeling
approaches.®®*°

3.3 Isothermal parametric analysis

The operating conditions for DME synthesis typically consisted
of a wide range of elevated temperatures and pressures, along
with varying feed and catalyst compositions, mainly in indus-
trial settings.™ In this study, the validated CFD model is used to
investigate the influence of critical processing parameters such
as feed temperature, pressure, and flow rate. Although the
model is validated for the limited pressures and temperatures
(2.54-7.37 bar, 220 °C), its applicability at higher pressures and
temperatures is supported by capturing the pressure and
temperature dependencies of the reaction through compre-
hensive rate equations and the equation of state (see Sec. 2.3.3).
These formulations ensure that the model accurately accounts
for the effect of pressure and temperature on the process
dynamics. As the first step, parametric studies were conducted
for the isothermal bed condition, i.e., constant bed tempera-
ture. For the parametric study, the inlet feed composition cor-
responding to Feed F1, with H,/CO ratio ~2.21 (see Sec. 3.2,
Fig. 6), is used.

© 2025 The Author(s). Published by the Royal Society of Chemistry
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Feed Inletfeed[molh'] Pressure H,/CO
CO, CO,, H2, Ar [bar]
F1 0.102,6.21 x 10°, 2.54 2.21
0.227,0.010
F2 0.102,6.21 x 10, 4.27 2.21
0.227,0.010
F3 0.102,6.21 x 10, 7.37 2.21
0.227,0.010
F4 0.099,6.42x10°, 2.54 0.95
0.094, 0.004
F5 0.099, 6.42 x 105, 4.27 0.95
0.094, 0.004
F6 0.099, 6.42 x 10, 7.37 0.95
0.094, 0.004

Fig. 6 Comparison of CFD with experimental data — (A) CO conversion; selectivity of (B) CO,, and (C) MeOH and DME. The table provides
operating conditions for different experiment trials. For all cases, feed stream temperature, T;, = 220 °C.

Fig. 7 A shows CO conversion for different feed temperatures
(Tin = 220-300 °C) and pressure (p = 10-40 bar) at weight hour
space velocity (WHSV) ~ 1.1 h™" (equivalent standard litre per
minute (SLPM) ~ 0.13, with standard temperature 293 K and
pressure 1 bar). Here, WHSV (h ™) is defined as the ratio of total
mass flow rate (kg h™") to total catalyst weight (kg). Since SiC is
used as a diluent, it is not taken into account when calculating
the catalyst mass. It is inferred that the conversion steadily
increases with the rise in feed temperature until 260 °C and
thereafter declining. The highly exothermic CO hydrogenation
reaction, eqn (20), is subjected to thermodynamic equilibrium
limitation at high temperatures (>260 °C), whereas it is kineti-
cally limited at low temperatures. The effect of feed pressure is
such that, an increase in pressure leads to higher CO conver-
sion, following the Le Chatelier's principle. The maximum
conversion of ~81% is found at p = 40 bar, T, = 260 °C. Fig. 7 B

© 2025 The Author(s). Published by the Royal Society of Chemistry

depicts the selectivity of DME and MeOH. The feed temperature
and pressure have little influence on DME selectivity, while the
variation in MeOH selectivity is within 3-6%. The competing
species CO, selectivity remains almost constant around 30%. As
shown in Fig. 7C, DME yield proceeds with the trend of CO
conversion.

Fig. 7D shows the influence of feed rate (WHSV) on CO
conversion and DME yield at T, = 250 °C, p = 40 bar. The
corresponding SLPM is in the range of ~0.14-1. It should be
noted that WHSV is varied by changing the inlet flow rate by
keeping the total catalyst mass and bed volume constant. As the
feed rate increases, the net conversion decreases and, thereby
lowering the DME yield. Fig. 7D also shows the rate of DME
production with respect to WHSV. The reaction rate increases as
the feed rate increases to a certain level, WHSV < ~3.6 h™*, and
thereafter feed rate has little influence on net DME production.
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Fig. 7 Effect of feed temperature and pressure on (A) CO conversion, (B) selectivity of DME and MeOH (right y-axis, with markers) and (C) DME
yield at WHSV ~ 1.1 h™ (SLPM ~ 0.13); (D) effect of feed rate or WHSV on CO conversion, DME yield, and DME rate (dotted lines with circle

markers and right y-axis) at p = 10 bar, T;, = 250 °C.

At this regime, the process is kinetically limited. At lower flow
rates, the external mass transfer resistance might be higher due
to the thickened boundary layer or higher concentration
gradient at the particle-fluid interface. As the flow velocity
increases, the boundary layer thickness reduces, and the mass
transport gets controlled by the reaction rate and intraparticle
diffusion.*

3.4 Non-isothermal parametric analysis

Highly exothermic heterogeneous catalytic reactions are typi-
cally conducted in wall-cooled tubular reactors to convey the
heat of reaction from the bed.” In large-scale settings, either the
catalyst pellets are stacked in several tubes and a heat transfer
medium circulates around these tubes, or a catalyst bed is
formed around the tubes through which heat transfer medium
flows.” In a packed bed reactor with an exothermic reaction and
wall cooling, the axial temperature profile typically exhibits
a local maximum, termed as hot spot. Although the occurrence
of hot spots are practically unavoidable, it is imperative to

866 | RSC Sustainability, 2025, 3, 856-874

maintain the rise in bed temperature within an acceptable
envelope. If the bed temperature is significantly lower than the
optimum reaction temperature, the reaction rate can slow
down. Conversely, an excess temperature may affect thermo-
dynamic equilibrium, process selectivity, and causes undesir-
able effects like hot spot formation and catalyst deactivation, as
well as risk to operational safety.” In fact, the hot spot
temperature is sensitive to the changes in process variables,
such as feed temperature, concentration, and wall temperature.
Therefore, a thorough analysis on the influence of processing
conditions in the formation of hot spot and related mecha-
nisms is required for identifying the optimal operating condi-
tions. In this study, the CFD model is further used to explore the
influence of processing parameters while operating under non-
isothermal condition.

3.4.1 Influence of feed temperature. The effect of feed
temperature under non-isothermal condition was investigated
at p = 10 bar and WHSV ~ 1.1 h™' (SLPM ~ 0.13), by main-
taining a temperature difference of 20 °C between the feed and

© 2025 The Author(s). Published by the Royal Society of Chemistry
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wall temperatures, i.e., Ti, — Ty, = 20 °C. Also, the temperature
is assumed to be uniform along the wall surface. Fig. 8 A shows
CO conversion and DME yield for varying feed temperatures.
The trend is almost similar to the isothermal condition (see
Fig. 7 A and C), as the profile of conversion and yield is para-
bolic with a peak at T, ~ 255 °C. Fig. 8A also depicts the rise in
maximum bed temperature relative to the feed temperature. For
220 °C = Tj, = 260 °C, the hot spot temperature rises by about
55-70 °C, with the maximum increase at Tj, ~ 230 °C. These
observations are consistent with the finding in literature.*”® For
Tin > 255 °C, the magnitude of hot spot temperature rise is
steadily decreasing. At maximum Tj, ~ 300 °C, the difference
between hot spot and feed temperature is about 30 °C. The net
heat generation is directly proportional to the reaction rate as
per eqn (30), see Sec.2.4, which in turn is regulated by the
interplay between reaction kinetics and thermodynamics, as
well as external and internal mass transport limitations. As
stated before, exothermic hydrogenation reactions are thermo-
dynamically limited at high temperatures.

Fig. 8B depicts the axial temperature profile along the bed
centerline. At T;, = 220 °C, the hot spot occurs at normalized
reactor length z* ~ 0.12, just beneath the reactor inlet. More-
over, the temperature curve is bell-shaped in the region 0 <z* =
0.3, and the bed temperature remains almost steady after z* ~
0.4. By increasing the feed temperature, the hot spot moves
closer towards the reactor inlet, causing relatively sudden
temperature jumps. This indicates that the hot spot tempera-
ture can be accumulated at a specific bed area for high feed
temperatures. When catalysts are exposed to such extreme
temperatures for an extended period of time, they may undergo
deactivation, as well as stress the catalyst material beyond its
thermal stability.”

While operating under a wall-cooled configuration, a strong
variation in temperature and concentration can occur, both
axially and radially. Fig. 9A-C shows scalar plots of temperature,
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Fig. 9 Scalar plots of (A) temperature distribution, (B and C) specific
MeOH, and DME concentrations, respectively, for T;, = 220, 255 °C,
p = 10 bar, WHSV ~ 11 h™Y T, — Tw = 20 °C, and inlet feed
composition corresponding to Feed F1 (see Fig. 6).

MeOH, and DME concentrations, respectively, along a vertical
plane. At T;, = 220 °C, an oval-shaped hot zone is observed at
the reactor centre and downstream of the inlet. This hot zone is
surrounded by a colder zone near the reactor wall (see Fig. 9A).
However, this high temperature gradient zone disappears when
the feed temperature is increased. At Tj, = 255 °C, the hot zone
appears as high temperature across the top of the bed and
extending towards the wall. This condition might risk the
mechanical strength of the wall material and could potentially
lead to thermal runaway.” In order to prevent such unfavorable
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WHSV ~ 11 h™
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impacts and ensure safe operations, the processing conditions
should be carefully selected. From Fig. 9B and C, it is evident
that the concentration profile is well correlated with the
temperature distribution, particularly CO hydrogenation. At
lower feed temperature, Ti, = 220 °C, MeOH production is
maximum in the buffer region created by the hot zone (see
Fig. 9B), where the temperature distribution is close to the
optimum level, subsequently enhancing the reaction rate. The
profile of MeOH concentration changes at Tj, = 255 °C, in
which higher concentration is observed outside the hot spot.
This highlights the importance of regulating the bed tempera-
ture level according to the production and removal of heat flux.

3.4.2
is a critical processing parameter, as it regulates the magnitude
of heat flux outward the reactor wall. The influence of wall
temperature was examined by varying the wall temperature T,
=200-220 °C, for particular processing condition, T, = 220 °C,
p = 10 bar, and WHSV ~ 1.1 h™".

Fig. 10A shows the CO conversion and DME yield for
different wall temperatures. It is observed that the CO conver-
sion and DME yield decrease with an increase in difference
between the feed and wall temperatures. Similar findings have
been reported elsewhere.”*”® DME yield decreases from ~28%
to ~18% while reducing the wall temperature from 220 °C to
200 °C. Since the feed temperature Tj, = 220 °C is lower than
the optimum reaction temperature (250 °C), the majority of the
bed section exhibits a lower temperature due to the higher
gradient between the feed and wall temperatures. This lower
bed temperature may not be adequate for the desired reaction
kinetics, potentially leading to a reduced DME production and
overall conversion. In contrast, a higher cooling rate is found to
be beneficial in limiting the rise in hot spot temperature. As
shown in Fig. 10A, the maximum rise in bed temperature dips
from 80 °C to 58 °C as the wall cooling rate increases. Fig. 10B
illustrates the change in axial temperature profile along the bed

Influence of wall temperature. The wall temperature
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Fig. 11 Scalar plots of (A) temperature distribution, (B and C) specific
MeOH, and DME concentrations, respectively, for T,, = 200, 220 °C,
Tin = 220 °C, p = 10 bar, WHSV ~ 1.1 h™%, and inlet feed composition
corresponding to Feed F1 (see Fig. 6).

centerline for different wall temperatures. The hot spot occurs
around z* ~ 0.12, and migrates slightly towards the inlet when
the wall temperature is increased. It is also observed that the
outlet temperature increases with the decrease in wall temper-
ature, which is due to the reduction in overall radial heat
transfer rate. Fig. 11A-C shows scalar plots of temperature,
MeOH, and DME concentrations, respectively, along a vertical
plane for T, = 200 °C and 220 °C. The pattern of hot spot
formation and species concentration distribution, particularly
MeOH, vary significantly with different wall temperatures. For
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centerline temperature profile along normalized reactor length (z* = z/L, L ~ 91 mm), for different wall temperatures. For all cases, Ti, =220 °C, p
=10 bar, WHSV ~ 1.1 h™%, and inlet feed composition corresponding to Feed F1 (see Fig. 6).
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Tin = Tw = 220 °C, the temperature increases at the very
inlet and spreads towards the wall due to the reduced heat
removal rate.

The parametric study of wall temperature has shown that
desirable design requirements like high product yield and
improved bed temperature control are mutually contrasting. In
the case examined, lowering the wall temperature helps to limit
the maximum bed temperature but also reduces the overall
yield. Therefore, it is crucial to find an optimal combination of
feed and wall temperatures, along with feed composition, to
achieve a suitable trade-off between product yield and effective
thermal management. It is also worthwhile to highlight that
maintaining a constant wall temperature across the reactor
tubes can be challenging, especially in commercial setups with
lengthy reactor tubes. Additionally, in a typical shell and tube
reactor arrangement, the wall heat flux can vary between indi-
vidual tubes depending on their position within the shell.”

3.4.3 Influence of feed rate. The effect of feed rate was
investigated by keeping a constant Tj, = 250 °C, Ty = 220 °C
and pressure p = 10 bar. To compute different WHSV, the inlet
flow rate is adjusted while maintaining a constant catalyst mass
and bed volume. Fig. 12A shows the CO conversion and DME
yield for varying WHSV ~ 1.1-7.7 h™" (SLPM ~ 0.13-1). As ex-
pected, CO conversion and DME yield decrease as feed rate
increases, due to the reduction in residence time. This is in line
with the findings from previous similar studies.?®”>”® The CO
conversion and DME yield reduce by almost half at WHSV ~ 7.7
h™. It is also observed that the maximum bed temperature is
not significantly affected by the change in mass flux, compared
with the effect of feed and wall temperatures (see Fig. 8A and
10A). As shown in Fig. 124, the rise in maximum bed temper-
ature is almost same for 2 < WHSV = 7.7 h™", except a slight
increase of ~5 °C at WHSV ~ 1.1 h™*. However, the flow rate has
a significant impact on the development of temperature profile
within the reactor. Fig. 12B depicts the centerline temperature
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Fig. 13 Scalar plots of (A) temperature, (B) MeOH concentration, and (C)
DME concentration for WHSV ~ 1.1, 7.7 h™%, T, = 250 °C, T,, = 220 °C,
p =10 bar.

profile for varying WHSV. As the mass flux increases, the hot
spot moves in the direction of the flow and the rapid jump in
temperature diminishes due to the improved convective heat
transfer rate. The heat transfer characteristics of a packed bed
reactor is rather complex due to the interplay between different
heat transfer mechanisms and processing conditions.” At
higher flow rates, the convective mode of heat transfer
enhanced by lateral fluid mixing is dominant.” Hence, in large-
scale production processes, convective heat transfer is utilized
and optimized by regulating the flow rate to efficiently manage
the heat of reactions.”® However, increasing the flow rate
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centerline temperature profile along normalized reactor length (z* = z/L, L ~ 91 mm), for different feed rates. For all cases, T;, = 250 °C, T,, =

220 °C, p = 10 bar.
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results in a greater pressure drop. To limit the pressure drop,
particle shapes like hollow rings and multi-hole cylinders can
be employed.®**

Fig. 13A-C shows scalar plots of temperature, MeOH, and
DME concentrations, respectively, along a vertical plane for
WHSV ~ 1.1 h™ and 7.7 h™'. At WHSV ~ 7.7 h™', the

View Article Online

Paper

temperature profile looks more even compared with WHSV ~
1.1 h™ ', Furthermore, an annular-like low temperature region is
observed very near the reactor for high WHSV, see Fig. 13A. This
is due to the sudden drop in temperature close to the wall,
caused by high heat transfer resistance at the immediate
vicinity of the reactor wall, which is a typical characteristic of
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(A) 3-D visualization of temperature distribution within particles at axial locations z; and z5; (B and C) specific concentration gradient

within CZA and Al,Os pellets for varying feed temperatures, at WHSV ~ 1.1 h™%, T, — T,, = 20 °C, p = 10 bar; (D and E) specific concentration
gradient within CZA and Al,Os3 pellets for varying feed rates, at T;, = 250 °C, T,, = 220 °C, p = 10 bar. The bold lines in (B—E) corresponds to
location z;, and the dotted lines for location z,. The normalized radius of zero denotes particle centre.
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packed bed reactors.®” These results highlight the complex and
interconnected nature of the transport and reaction mecha-
nisms occurring in packed bed reactors.

3.4.4 Intraparticle transport effects. Since the pore struc-
tures are in sub-micron and nano scale, the mass transport into
particles is mainly through diffusion, with a concentration
gradient as the driving force.*® Along with temperature and
species concentration, the internal mass transport depends
greatly on the properties of the catalyst particle such as size,
shape, porosity, pore diameter, tortuosity, and the relative time
scale between diffusion and rate of reaction.®

In this multiscale study, to evaluate the significance of intra-
particle transport phenomena, the temperature and concen-
tration within the particles are analysed using the reactive pellet
bed feature provided by COMSOL Multiphysics 6.2 (see Sec. 2.3).
Since a non-isothermal bed exhibits significant variation in
transport quantities both axially and radially, representing the
entire behavior with a single pellet at a particular location in the
bed is challenging. For the sake of analysis, two axial positions
are selected at the reactor centre core. As represented in Fig. 14
A -z, very near the inlet, where the main reaction zone and hot
spot are located, and a second position z, further downstream
the bed that represents a relative calm bed section. Fig. 14A
depicts the 3-D visualization of temperature distribution within
the particles at locations z; and z,, for the processing conditions
- Ty, = 250 °C, T, = 220 °C, p = 10 bar, and WHSV ~ 7.7 h™.
Note that the color bar of temperature scale is magnified just for
the visualization purpose. The difference in temperature
between the particle exterior and inner core is 0.05 °C and 0.01 ©
C at the locations z; and z,, respectively. Hence, it can be
confirmed that the heat transport limitations within these
smaller particles (~215 pm) are negligible. The absence of heat
transport limitations in similar cases has been reported in
literature,® even for the particle size (~10 mm) relevant to
industrial applications.

T[°C]
290
280
270
260
250
240
230

Tpe [°C]
A 276.80

50 mm

276.79
276.78
276.77
276.76
276.75

V¥ 276.74

2.5mm
+—>

Fig. 15

View Article Online

RSC Sustainability

Fig. 14B and C depicts the concentration gradient of MeOH
and DME within CZA and Al,O; particles, respectively, for
varying feed temperatures, at WHSV ~ 1.1 h™*, Ty, — T\, = 20 °C,
p = 10 bar. The bold lines correspond to location z; and dotted
lines for z,. It is inferred that the concentration gradient within
the particles is relatively higher at z,, as it is in the hot spot
region. At Tj, = 220 °C, z;, and for the particular operating
conditions, the rate of MeOH production seems to be high (see
Fig. 9B), and therefore mass transport is diffusion limited. The
concentration gradient decreases as the feed temperature
increases. As the temperature increases, the Knudsen diffusion
coefficient may increase as per eqn (17), subsequently
enhancing the diffusion of species into the particles. Fig. 14B
and C, also contains 3-D visualization of concentration distri-
bution within CZA and Al,O; particles at z;, for Tj, = 220 °C.

Fig. 14D and E represents the concentration gradient of
MeOH and DME within CZA and Al,O; particles, respectively,
for varying feed rates (WHSV), at T}, = 250 °C, T\, = 220 °C, p =
10 bar. As the feed rate increases, the concentration gradient
within the particles also increases. A higher space velocity
(interstitial velocity) limits the time available for the surface
species to diffuse into the particles. Fig. 14D and E, also shows
3-D visualization of concentration distribution within CZA and
Al,O; particles at z;, for WHSV 7.7 h™'. It is interesting to note
that the gradient within Al,O; particle is predominant, espe-
cially at WHSV 7.7 h™'. The MeOH dehydration reaction, eqn
(23), is relatively a faster reaction compared to methanol
synthesis. This causes the effective rate to become increasingly
diffusion-limited, resulting in steeper concentration gradient in
Al,O; catalysts for the DME production. Additionally, the Al,O;
particles have relatively smaller pore size (see Table 2), which
may also lead to an increased resistance to species diffusion.

The transport resistances including rate limiting steps would
change significantly while increasing the reactor size, which
may in turn affect the overall conversion and product yield. As
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(A) 3-D visualization of temperature distribution in 1 kg (0.86 kg CZA and 0.14 kg Al,Os) reactor; (B) comparison of centerline

temperature profile (line plot, left y-axis) and DME yield (histogram, right y-axis) between lab-scale (3.57 x 10~* kg) and 1 kg reactor. The process
conditions are: Ti, = 220 °C, WHSV ~ 1.1 h™%, T, = T,, = 20 °C, p = 10 bar.
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an initial analysis, the proposed reactor model is used to
examine a relatively larger reactor containing 1 kg of catalyst
(0.86 kg CZA and 0.14 kg Al,03). As illustrated in Fig. 15A, the
scaled-up reactor has a tube diameter of 50 mm and bed length
of about 638 mm. A particle size of 2.5 mm was considered for
both CZA and Al,O; catalysts. Thus, the main design require-
ments of L/D > 10 and D/d, > 10 are satisfied. Fig. 15A also
depicts the temperature distribution within the reactor at Tj, =
220 °C, Ty — Tw = 20 °C, p = 10 bar, WHSV ~ 1.1 h™". The
comparison of centerline temperature profiles between lab-
scale and 1 kg reactor is shown in Fig. 15B. The results indi-
cate that hot spot formation in the lab-scale reactor is no longer
observed at scale-up (see also Fig. 8 and 9). This is attributed to
the relatively slower reaction rates and internal mass transfer
limitations associated with larger pellet sizes. However, the
reactor temperature continues to rise along the length of the
reactor tube. Increased mass flow rates and higher production
rates contribute to greater net heat generation in the 1 kg-scale
reactor. As the reactor size (tube diameter) increases, the ratio of
tube wall surface area to bed volume decreases, thereby limiting
the overall radial heat transfer. Thus, ensuring proper bed
temperature control is the primary challenge when scaling up
the reactor for exothermic reactions.** Fig. 15B also shows the
comparison of DME yield. The yield in the larger reactor is
reduced by almost half compared with lab-scale reactor. This is
attributed to inefficient bed temperature control and increased
internal transport limitation associated with comparatively
bigger catalyst particles (2.5 mm). Therefore, the process vari-
ables and pellet properties should be optimized to achieve the
desired yield while scaling up the reactor. A detailed study
focusing on reactor scale-up for direct DME synthesis will be
addressed in future work.

The model presented here is scalable to study reactor
behaviors from lab-scale to pilot + scale. A recent study has
highlighted the scale-up methodology and applicability of this
type of model for scale-up purposes.>

4 Conclusion

A unique multiscale CFD-based modeling approach was used to
simulate the direct synthesis of DME in a packed bed composed
of physically mixed Cu/ZnO/Al,O; (CZA) and y-Al,O; catalysts.
The proposed model explicitly considers the transport
processes and chemical reactions occurring on scales ranging
from reactor to pellet level. The internal transport phenomena,
including species diffusion, reactions, and heat transport, as
well as transport limitations within the pellets were evaluated
using the Reactive Pellet Bed feature integrated into COMSOL
Multiphysics 6.2. Thus, the model is capable to accurately
predict the reactor performance by also considering the influ-
ence of process variables, as well as heat and mass transfer
phenomena.

Experiments were conducted in a lab-scale reactor for direct
DME synthesis under isothermal condition, for a limited range
of pressures (2.54 =< p < 7.37 bar) and flow rates. To accurately
characterize the structural properties of the bed structure
(particle size, bed permeability bed and particle porosities) X-

872 | RSC Sustainability, 2025, 3, 856-874

View Article Online

Paper

ray Computed Tomography (XCT) and Transmission Electron
Microscopy (TEM) techniques were employed. These measure-
ments were then used as input for the developed multiscale
model. The simulation results and experiments show good
agreement for the investigated operating conditions.

The validated CFD model was further used to investigate the
influence of process variables. The optimum feed temperature
is found to be 250-260 °C. At this condition, the hot spot
temperature may rise by about 60 °C. The CO conversion and
DME yield decrease as the difference between the feed
temperature and wall temperature increases, particularly when
the feed temperature is lower than the optimal level (~255 °C).
However, a lower wall temperature than the feed temperature is
beneficial in limiting the rise in hot spot temperature. Similarly,
increasing the feed rate leads to a decrease in CO conversion
and DME yield. It is also noticed that a sharp hot spot formation
can be avoided with high feed rates, though this comes at the
cost of a lower DME yield. The choice of operating range
depends on balancing the reaction rate, yield, and key cost
drivers. The pattern of hot spot formation is found to be
strongly dependent on process variables. The evaluation of
intra-particle transport phenomena reveals that heat transport
limitations are negligible for the smaller sized particles exam-
ined. However, internal mass transport limitations can arise in
the reaction zone or hot spot region due to the strong interplay
between reaction kinetics and thermodynamic limitations.

Preliminary analysis of scale-up has shown that heat and
mass transport limitations play a dominant role in the perfor-
mance of larger reactor systems. It is therefore important to
identify a set of reliable process parameters and pellet proper-
ties (e.g., particle size, porosity) which provide a reasonable
trade-off between product yield and effective temperature
control. This should be supported by a comprehensive techno-
economic analysis for the commercial reactor configuration. In
future work, this multiscale model will be employed to explore
reactor scale-up, focusing on optimizing process variables and
pellet properties.
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